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Abstract: Propane-propylene mixture splitting by industrial conventional rectiﬁcation incorporating a heat
pump for energy intensity decrease was modeled in the Matlab environment. The constructed model was veriﬁed by comparing its results with operational data of a real C3 fraction splitting unit. As documented, increased
product quality can be obtained at zero additional costs due to speciﬁc features of the system design. Process
capacity and product purity limitations have to be considered in future C3 fraction production increase plans.
Further compressor and its driving unit design features have to be incorporated in the calculation model to
reliably assess the C3 fraction processing costs and provide a reliable tool for process operation optimization.
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Introduction and study objectives
Reﬁning and petrochemicals production belong to
energy intensive industry sectors, accounting for
more than 7 % of the total industrial energy consumption in the OECD countries in 2012 (EIA 2016)
and predicted to keep this share at least until 2040.
Similarly, the share of chemical industry sector including reﬁning and petrochemicals production on
the total industrial energy demand was more than
15 % in Slovak Republic in 2011 (Vall, 2011). Facing
the expected decrease in fossil fuel demand for individual transportation, many reﬁning companies,
including MOL GROUP, focus their attention on
new technologies implementation and material and
energy efﬁciency improvement in those expected to
continue playing a key role in their future business
(MOL, 2016).
The issue of reﬁning industry energy intensity
decrease has been tackled in numerous studies in
recent years. Many published studies, including Alhajji and Demirel (2015); Al-Rowaili and
Ba-Shammakh (2017), and Li et al. (2016), apply
computational modeling based both on the laws
of thermodynamics and on the mass and energy
balances together with heat and mass transfer equations and economic considerations. Environmental
aspects are considered in the energy intensity and
proﬁt optimization calculations of entire production clusters as documented by Alhajji and Demirel
(2015), Al-Rowaili and Ba-Shammakh (2017) and
Morrow III et al. (2015).
Individual production units are frequent subjects
of optimization calculations as well as simulations,

e.g. crude distillation unit (Gadalla et al., 2015),
isomerization process (Chuzlov and Molotov, 2016),
isopropylbenzene production plant (Chudinova
et al., 2016) or other plants (Vilarinho et al., 2016;
You et al., 2016). The role of robust software for
extensive calculations seems to be very important
in achieving units proﬁtability increase by operational or design changes. Best industrial practice
and energy auditing procedures as established by
DeCarolis et al. (2017), Hasanbeigi and Price (2010)
and Worell et al. (2015) employ computational
approach also in identiﬁcation and reduction of
process and design inefﬁciencies.
Traditional solutions and best practice applied in
reﬁning energy intensity decrease are summed up
in recent studies by Danilov et al. (2018) and Worell
et al. (2015), identifying, among others, heat driven
refrigeration units, heat pipes and heat pumps as
suitable technologies to achieve this goal. Several
authors assessed the potential of industrial heat
pumps application in the reﬁning sector in recent
research outcomes (Gadalla et al., 2015; Kazemi et
al., 2016; You et al., 2016), corroborating the earlier
ﬁndings of Demirel (2004) and Fonyo and Benkö
(1998) together with the industrial experience of
properly designed and operated industrial heat
pump reducing the process energy consumption
by 30 to 50 % compared to traditional design. Best
results have been achieved in applications where
substances with similar boiling point have to be
separated by rectiﬁcation (Demirel, 2004; Fonyo
and Benkö, 1998), such as light alkane-alkene
mixtures or light isomer mixtures. Especially
ethane-ethylene and propane-propylene splitters
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are frequently equipped with mechanical vapor
recompression heat pumps (Morrow III et al., 2015;
Variny et al., 2013; Variny et al., 2015; Worrel et al.,
2015).
Earlier work of the authors compared traditional
and heat pump driven propane-propylene separation units in SLOVNAFT a.s. (Variny et al., 2013).
The prospective of C3 fraction production boost
with the C3 splitter expected to be one possible
bottleneck, the future C3 splitter operation with
increased feed and/or changed feed composition
has to be modeled, which represents the main objective of the presented study. To achieve this goal,
a reliable and robust mathematical model of this
part of the Fluid Catalytic Cracking Unit (FCC) was
developed in the Matlab environment, veriﬁed on
real operational data and used to predict the impact
of feed quantity and quality changes on products
purity and system energy intensity.

Materials and Methods
Modeled system
C3 fraction splitting can be characterized by high
energy demand as the propylene-propane mixture
is a close boiling mixture (Demirel, 2004). Propylene polymerization to which the produced
propylene is submitted requires high purity pro-

pylene (> 99.6 %). To achieve this via conventional
approach, numerous equilibrium stages and high
reﬂux ratio are necessary (Demirel, 2004).
In the SLOVNAFT reﬁnery, components of the
C3 fraction are separated in two production units:
Ethylene Unit and Fluid Catalytic Cracking (FCC)
Unit. The Ethylene Unit operation provides sufﬁcient amount of disposable heat for the column
reboiler. Thus, the process in the Ethylene Unit
is realized conventionally. On the contrary, the
Propylene Recovery Unit of the FCC operates as
an industrial heat pump utilizing latent heat of
compressed product vapors in the column reboiler.
A simpliﬁed ﬂow scheme of the FCC C3 splitting
process is provided in Fig. 1.
During normal operation, preheated feedstock (1)
is delivered to the feed stage of the tray rectiﬁcation column. Distillate vapors leaving the head of
column (2) are led to heat pump compressor (K)
driven by condensation turbine (T). A part of the
compressed vapors (5) continues to column reboiler
(E1) where it condenses and the heat of condensation serves as the heat supply for the column. The
excess heat is disposed of in heat exchanger (E2)
cooled by cooling water. Condensate (6, 8) is subsequently expanded to the head pressure level in
ﬂash vessel (F). Evaporated gas phase (12) is led back
to the compressor and liquid phase (9) is pumped

Fig. 1. Process ﬂow diagram.
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partly as reﬂux to the head of the column (10) and
partly as product ﬂow (11) to storage.
Mathematical model
The model setup reﬂects the physical plant structure as shown in Fig. 1 and includes the following
assumptions:
• Feedstock is supplied as a boiling liquid.
• Both feedstock constituents are considered to
have identical molar isobaric heat capacities in
liquid and in gas phase as well as identical molar
heats of evaporation at constant temperature.
Available data in Perry (1997) justify this simpliﬁcation: molar isobaric heat capacities in the
liquid phase differ by less than 7 % for propane
and propylene in the relevant temperature interval from 300 to 320 K. The same conclusion was
achieved for their molar isobaric heat capacities
in the gaseous phase and also for molar heats
of evaporation. Thus, the liquid molar ﬂow
changes only on the feed stage and that of vapor
is constant along the whole column.
• Ideal gas and ideal liquid behavior is assumed.
• Pressure proﬁle along the column is linear with
no radial pressure gradient.
• There is no radial temperature gradient.
• Column reboiler operates as a total condenser
and reﬂux enters the column as boiling liquid.
• Gaseous phase leaving each stage of the column
is in thermodynamic equilibrium with the liquid
phase.
• Vapor and liquid phases leaving each stage of
the column are of the same temperature and
composition as vapor and liquid phases at the
stage, respectively.
• Heat losses in the system as well as the pressure
losses in the pipelines are negligible.
The mathematical model consists of two connected
parts; the ﬁrst calculates the column conditions in
terms of concentration and temperature proﬁles
and energy requirements considering the assumptions formulated above and the latter calculates the
heat pump performance.
Model equations (1) to (35) are provided below
and the calculation diagram shown in Fig. 2a, 2b
implemented in the Matlab environment provides
a comprehensive overview of the calculation procedure and its complexity. Physico-chemical input
data used for molar enthalpies calculation and for
equations (5), (18) and (27) were obtained from
Perry, 1997.
To calculate the concentration and temperature
proﬁle along the column, overall mass balance (Eq.
(1) to (4)) along with balances of each stage (Eq. (8)
to (13)) were calculated considering phase equilibrium at each stage (Eq. (5) to (7)). The energy balance

(14) reﬂects the column energy requirements. As a
result, the model provides information regarding
distillate mass ﬂow and thus enables heat pump
performance calculation. Alternatively, distillate
composition if the heat pump performance is given.
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Given the column energy requirements it is possible to calculate the actual condensate ﬂow through
the reboiler and ultimately the mass ﬂow through
the heat pump compressor. The calculation prerequisite is the knowledge of the actual condensate
temperature. In order to obtain this information,
design condensate ﬂow evaluation is necessary. The
calculation is relatively straightforward, including
a simple iteration.
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Q RB ,design = Q RB

nV ,design
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(15)
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Combining mass and heat balance of the ﬂash vessel, actual ﬂow through the heat pump compressor
(Eq. 35) and vapor generation rate in the ﬂash vessel (Eq. 34) are calculated.
hreflux = h AT1,l y A ,1 + hBT1,l (1- y A ,1 )
n flash =

The overall heat transfer coefﬁcient in Eq. (22) is
proportional to the mass ﬂow through the heat exchanger. Thus, the design-to-actual heat ﬂux ratio
can be expressed as shown in Eq. (23).
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Assuming a constant fraction exponent, the ﬁnal
equation for condensate temperature calculation is
as follows:
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Empirical correlations for heat transfer coefﬁcient
() incorporate its dependence on the Reynolds
number as  Rem where m varies between 0.4 and
0.8 depending on particular heat transfer conditions
and heat exchanger design. The Reynolds number
is directly proportional to mass (molar) ﬂow; heat
exchanger duty estimated from the heat transfer
equation can therefore be related to the mass ﬂow to
the power of m. Average value of m = 0.6 was considered in this study — Eqs. (23), (24), (26). Using an
analogous approach as in Eqs. (17) to (21), the actual
condensate ﬂow was calculated.
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Input data for the model simulation in form of
average daily operational values were provided
by SLOVNAFT a.s. and evaluated for a 500-day
period. Typical operational values are depicted in
Table 1. Data regarding column and compressor
design parameters were obtained from equipment
documentation and from the reﬁnery staff and are
summarized in Tables 2 and 3.
Tab. 1. Feedstock properties.
Numerical
Value

Parameters

´(Tcond ,design -TRB ) + TRB

hcomp ,iter =

hcond - hreflux

n comp =

(22)

a
Q RB ,design æç m design ö÷ Tdesign
÷÷
= çç
çè m ÷ø T
Q RB

T

Typical Mass Flow [t/h]
Typical Composition [mol % propylene]

81.2

Tab. 2. Column parameters.
Parameters

Numerical Value

Column Stages
Feed Stage

165
46

Head Pressure [MPa]
Bottom Pressure [MPa]

1.17
1.32

Tab. 3. Design compressor parameters.
Parameters

Numerical Value

Mass Flow [t/h]

147.7

Inlet Pressure [MPa]

1.17

Inlet Temperature [ °C]
Discharge Pressure [MPa]

(27)

8.2

Discharge Temperature [ °C]
Polytropic Efﬁciency [ %]

26
1.78
50
84.4
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Fig. 2a. Calculation diagram: Column performance.
The following Figs. 2a, 2b serve as calculation
process visualization in the Matlab environment,
allowing for easy functional module addition,
which is important for future work aimed at the
compressor and its driving unit performance

curves adoption in the model. For each converged
iteration loop, the function value fval has to reach
the value of 10–6. Therefore, 15 to 25 iterations
on average have to be done regarding the loop
complexity.
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Fig. 2b. Calculation diagram: Heat pump performance.

Results and discussion
Results of software calculations were reprocessed
into charts shown in Figs. 3, 4. Fig. 3 serves for model
veriﬁcation, comparing the calculated and measured
mass ﬂow of vapors compressed in the heat pump
compressor. Very good agreement can be seen
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during periods with the measured mass ﬂow above
100 t/h. With decreasing vapors mass ﬂow, the calculated and model based values diverge; the calculated
ones being by 20 to 30 t/h lower than the measured
ones. Explanation for such discrepancy was obtained
by studying the compressor performance curves that
have not been a part of the calculation model — the
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compressor design limits proper compressor operation above 100 t/h of compressed vapors to avoid the
surge occurrence danger. At lower column feeds,
mass ﬂow of vapors below 100 t/his sufﬁcient to
achieve the desired product purity (99.5 to 99.6 % wt.
propylene). This, however, requires regulated opening of the compressor antisurge by-pass to increase
the compressed vapors mass ﬂow. In the end, a part
of the compression work is wasted to recompress the
by-pass stream, which lowers the heat pump energy
efﬁciency.
An alternative approach, as documented in Fig. 4
and preferred by staff, allows for the production
of even higher purity propylene product (around
99.7 % wt.); due to very close propane and propylene molar masses, the propylene molar and
weight fraction in the propylene product is almost
identical (Fig. 4) at no additional cost: the column
reﬂux ratio can be increased above the usual value
during periods with lower column feed. Therefore,
sufﬁcient compressed vapors mass ﬂow through the
heat pump compressor is retained and the antisurge
by-pass valve can remain closed.

The applied compressor load controlled by the
frequency converter couples the compressor discharge pressure and throughput. The possibility
of compressor discharge pressure optimization is
unused by staff at the moment keeping the discharge pressure at almost constant value. However,
optimization would yield speciﬁc compression work
decrease as well as a modest decrease of the minimum compressor throughput needed to avoid surge
occurrence. This possibility will be considered in
further work.
An alternate means of compressor load control — by
a variable inlet guide vane — seems to be more
suitable in this application as it allows operating
the compressor in a broader throughput range
than the frequency converter while decoupling the
discharge pressure and throughput control. An
analysis of additional implementation possibilities
of such compressor load control is out of the scope
of this paper.
It can be concluded that increased product purity at
zero incremental cost can be achieved in the studied
system during periods with lower C3 fraction feed

Fig. 3. Calculation model veriﬁcation — comparison of calculated and measured values
of compressed vapor mass ﬂow in the heat pump compressor.

Fig. 4. Achievable propylene product purity.
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to the splitter, allowing for production costs reduction in the polypropylene production plant, as lower
amount of inert (propane) has to be removed from
the reaction gas puriﬁcation section in such a case.
Alternative point of view yields that increasing the
C3 splitter load above a certain value may limit the
achievable product purity which is an important
fact to be taken into account when evaluating the
C3 fraction production increase possibility in the
FCC unit.

Conclusions
The presented paper provides a comprehensive
overview of industrial C3 fraction splitter modeling
incorporating a heat pump. The model has been developed based on the system layout and taking into
account the system mass and heat balance as well as
the vapor-liquid equilibrium and compression work
calculation. Comparison of model calculated and
measured vapor mass ﬂow compressed in the heat
pump compressor showed very good agreement. Periods with differences in these values stemmed from
the compressor antisurge protection system activated
at lower vapor throughputs. This remains a challenge
to be addressed in future work together with the heat
pump driver performance assessment. It is expected
that implementation of these equipment limitations
and features in the C3 splitter mathematical model
will enable calculating the incremental C3 fraction
splitting costs reliably, thus providing a tool for system operation optimization.
List of symbols and abbreviations
a
exponent in equations (23) and (24);
a = 0.6 [–]
C1 to C5 constants used in pure substance saturated
vapor pressure calculation – equation (5)
fval
function value [–]
h
molar enthalpy [kJ kmol–1]
k
overall heat transfer coefﬁcient
[kW m–2 K–1]
•
mass ﬂow [kg s–1]
m
•
n
molar ﬂow [kmol s–1]
–
n
average value of polytropic coefﬁcient [–]
P
pressure [kPa]
P0
saturated vapour pressure of pure substance [kPa]
•
Q
heat ﬂux [kW]
R
reﬂux ratio [–]
Rm
universal gas constant [kJ kmol–1 K–1]
T
thermodynamic temperature [K]
x
molar fraction in liquid phase [–]
y
molar fraction in gas phase [–]
–
z
average value of compressibility coefﬁcient [–]
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T
hp

mean temperature difference [K]
polytropic compression efﬁciency [–]

Subscripts
components (propane and propylene)
A,B
related
to compressor
comp
related
to condenser
cond
distillate (stream)
D
design design (operational or construction) parameter
feed (stream)
F
related
to ﬂash vessel
ﬂash
gas
phase
g
component
i
inlet conditions
in
value in iterative calculation
iter
stage numbering
j
liquid phase
l
stages above the feed stage
n
stages
below the feed stage
m
outlet
(discharge)
conditions
out
related to reboiler
RB
reﬂux reﬂux (stream)
vapor (phase)
V
waste (stream)
W
Superscripts
calculated at temperature T

T
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